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Abstract

Four W–Ni catalysts, containing Al2O3, chemically treated zeolite Y, hydrothermally treated zeolite beta, and the combination of the above
zeolite Y and beta, were prepared. The catalysts were characterized by BET, NH3-TPD, XRD, TEM, pyridine-IR, and XPS. The reaction perfor-
mance in hydrodesulfurization (HDS), hydrodenitrogenation (HDN), and hydrodearomatation (HDA) was evaluated with light cycle oil (LCO).
The zeolite-containing catalysts exhibited much higher HDN, HDS, and HDA activities than the WNi/Al2O3. The three zeolite-containing cata-
lysts had similar HDN activity. The WNi/Beta + Y and WNi/Beta catalysts had higher HDS activity than the WNi/Y catalyst. The higher HDN,
HDS, and HDA activities of the three zeolite-containing catalysts are associated primarily with enhanced hydrogenation activity and increased
acidity.
© 2006 Elsevier Inc. All rights reserved.
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1. Introduction

Imminent legislation demands that the sulfur content in
diesel fuel be reduced to <15 ppm [1]. Such low sulfur content
cannot be readily achieved using conventional hydrogenation
catalysts and processes. Most of the remaining sulfur species
after the conventional hydroprocessing treatment are composed
of 4,6-substituted dibenzothiophenes (DBTs) [2]. The steric
hindrance of substituting groups in the 4,6-position of DBT
molecules makes conversion by hydrogenation or hydrogenol-
ysis almost impossible [3–5]; however, hydrodesulfurization
(HDS) activity of 4,6-substituted DBT can be greatly improved
by the hydroisomerization, which shifts one substituting group
from the 4 or 6 position to the 3 or 7 position, where the steric
hindrance can be relieved and HDS reactions can more readily
occur [6,7].
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The hydroisomerization activity of a catalyst can be im-
parted by the addition of acidic component zeolites in cata-
lysts [8]. Among the zeolites available, zeolite Y is the most
widely applied and most extensively studied due to its appro-
priate pore structure, high acidity, and good thermal and hy-
drothermal stability [9–13]. Although acidic zeolite helps en-
hance HDS activity of the catalysts, the incorporation of acidic
zeolites will also increase the deactivation and overcracking of
diesel fractions, which lowers the yield of the diesel fuel and
increases hydrogen consumption. To improve the HDS activ-
ity of refractory sulfur species and avoid the rapid deactivation
and overcracking of the diesel distillates, the surface acidity of
zeolite should be properly modified. Studies show that zeolite
Y without any treatment is less active in hydrotreating than the
conventional NiMo/Al2O3 catalyst alone, and that the incorpo-
ration of Ni-exchanged Y zeolite in NiMo/Al2O3 improves the
activity only slightly [14].

As-synthesized zeolite HY has a high acid concentration but
a low acid strength. The strength of acid sites plays a more im-
portant role than the surface density in HDS reactions [15,16].
One effective way to increase acidic strength is to remove some
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tetrahedron Al atoms [AlO4]− from the framework of zeolites.
The removal of framework aluminum can be achieved by hy-
drothermal or chemical treatment [17]. The extra-framework
aluminum (EFAL) stays in the hydrothermally treated zeolite
and can produce a selectivity pattern different from that ex-
pected from the framework aluminum content [18]. By chemi-
cal treatment with (NH4)2SiF6 in aqueous solution, aluminum
is extracted from the framework, while silicon is inserted back
in the vacancies left by the aluminum. The dealuminated Y pre-
pared by this approach does not contain any EFAL and has very
little Lewis acidity [19]. Therefore, it is assumed that the ze-
olite treated by the (NH4)2SiF6 solution will exhibit different
performance in HDS and hydrodearomatation (HDA) of diesel
fractions.

Another large-pore zeolite similar to zeolite Y, zeolite beta,
has a high SiO2/Al2O3 ratio and exhibits higher hydroisomer-
ization activity, lower hydrogen-transfer capacity, and lower
catalyst deactivation by self-poisoning [20–22]. These features
make zeolite beta a good catalyst component for converting re-
fractory sulfur species and decreasing catalyst deactivation.

Previous studies have focused mainly on the application and
comparison of the two zeolites in the hydrocracking of heavy oil
[13,15,16,22]. Little research has been done on HDS, especially
the hydrotreating performance of real inferior diesel fractions
using chemically treated zeolite Y and zeolite beta as acidic
components of the catalyst. The main objective of this study is
to investigate the hydrotreating performance of the W–Ni cata-
lysts prepared by chemically treated zeolite Y and zeolite beta
using light cycle oil (LCO) as a feedstock.

2. Experimental

2.1. Preparation of zeolites

All of the chemicals used in preparing the zeolites and the
catalysts were purchased from Sigma–Aldrich. NH4-beta (Ze-
olyst CP814E) was calcinated at 813 K for 10 h, then treated
with 0.5 M hydrochloric acid aqueous solution at 353 K for 2 h
under stirring. After separation, the filtrated cake was treated in
an autoclave reactor at 873 K and 0.2 MPa for 2 h.

Chemically modified zeolite Y was synthesized as described
previously [23]. In a flask, 95 g of NH4NaY (Zeolyst CBV-300)
was stirred with a 1.0 M ammonium acetate solution at 348 K,
after which 200 mL of 0.8 M (NH4)2SiF6 solution was added
in a dropwise manner to the flask. The sample was stirred at
368 K for 24 h, thoroughly washed with boiling water, and then
dried at 383 K overnight. The dried sample was hydrothermally
treated at 823 K and 0.1 MPa for 1 h in an autoclave reactor.

The main properties of the starting material and final zeolite
products are summarized in Table 1.

2.2. Catalyst preparation

The supports were prepared by mixing the zeolites, large-
pore alumina (Sasol PURALOX TH100/150, pore volume:
0.96 mL/g, surface area: 201.6 m2/g), and a binder (partially
acid-peptized alumina, SASOL, CAPAPAL B), extruded to
Table 1
Properties of starting material and final zeolite products

Beta Y

Before modification
SiO2/Al2O3 molar ratio 25.0 5.1
Na2O 0.05 2.8
Surface area (m2/g) 710 925
Pore volume (mL/g) 0.40 0.42
Unit cell size (Å) 24.68
Aciditya (mmol/g) 0.935 –

After modification
Na2O 0.04 0.08
Surface area (m2/g) 636 704
Pore volume (mL/g) 0.36 0.32
Relative crystallinityb (%) 85 102
Unit cell size (Å) 24.33
Aciditya (mmol/g) 0.201 0.482

a Obtained from pyridine infrared spectroscopy.
b Relative to starting zeolite.

form cylindrical extrudates, dried at 383 K overnight, and then
calcined in air at 823 K for 4 h. The NiW catalysts were pre-
pared by coimpregnation of the above extrudates using the in-
cipient wetness method with an aqueous solution of the appro-
priate amount of nickel nitrate hexahydrate [Ni(NO3)2·6H2O]
and ammonium metatungstate [(NH4)6H2W12O40], dried at
383 K overnight, and then calcinated at 773 K for 4 h. The
catalysts prepared from the supports containing Al2O3, 15 wt%
modified zeolite Y, 15 wt% modified zeolite beta, and 15 wt%
modified zeolite beta plus 15 wt% zeolite Y were designated
as WNi/Al2O3, WNi/Y, WNi/Beta, and WNi/Beta + Y, respec-
tively. All catalysts had a nominal WO3 content of 24 wt% and
a nominal NiO content of 6 wt%.

2.3. Catalyst characterization

2.3.1. NH3 temperature-programmed desorption (NH3-TPD)
First, 0.5 g of a 30- to 40-mesh sample was loaded into a

5-mL tubular reactor, then purged for 2 h with 40 mL/min of
helium at 773 K (increased from ambient temperature to 773 K
at 5 K/min), followed by a temperature decrease to 353 K.
Next, 50 mL/min of gaseous ammonia mixed with 40 mL/min
of helium was charged for 30 min at 353 K, then purged with
40 mL/min of He at 373 K for 1 h. Under the 40 mL/min of
helium, the temperature was raised from 373 to 883 K at a rate
of 15 K/min, and the desorbed ammonia was analyzed by mass
spectroscopy.

2.3.2. Powder X-ray diffraction (XRD)
The crystallinity and phase purity of solid products were

characterized using a Bruker AXS D8 ADVANCE, with Cu-Kα

radiation provided by a graphite monochromator.

2.3.3. Transmission electron microscopy (TEM)
TEM was performed on a JEOL 2010 STEM, operated at

200 keV. The spectra were collected using an EDAX Gene-
sis 4000 system. Samples were prepared by the drop method.
A small amount of sulfided catalyst powder was sonicated in
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100% ethanol. One drop was removed with a micropipette and
dropped onto a copper (or nickel) support grid. The sample
was then lightly coated with carbon to reduce charging in the
TEM.

2.3.4. X-ray photoelectron spectroscopy (XPS)
XPS spectra of the samples were obtained using a VG Mi-

crotech MultiLab ESCA 2000 system with a CLAM4 hemi-
spherical analyzer. The hemispherical analyzer consists of an
analysis chamber for taking the XPS spectra, which was op-
erated under a vacuum <4 × 10−10 mbar, and a fast entry air
lock for sample introduction. The source was nonmonochroma-
tized Mg-Kα X-rays at 1253.6 eV (15 kV, 20 mA). To sample a
deeper depth, photoelectron detection perpendicular to the sam-
ple surface was chosen. The high-resolution C 1s spectrum of
the adventitious hydrocarbon (at 284.5 eV) on the sample sur-
faces were recorded before and after each measurement and
used as a reference for charge correction. Quantitative informa-
tion of surface composition was obtained from integrated peak
intensities and atomic sensitivity factors using the Advantage
data acquisition and processing software (Thermo VG Scien-
tific). Peak fits of all spectra were performed using the Shirley
background correction and Gaussian–Lorentzian curve synthe-
sis.

2.3.5. BET
Nitrogen adsorption measurements were performed on a

Quantachrome Autosorb-1. Before adsorption, the samples
were calcined at 823 K for 16 h. Powder samples of 30–40 mg
were degassed in a sample preparation station under 473 K
and a vacuum of 1.33 × 10−3 Pa for 15 h, then switched to
the analysis station for adsorption and desorption at 77 K in
liquid nitrogen. Surface area was calculated with the multi-
point BET equation with linear region in the P/P0 range of
0.05–0.35. Pore volume was calculated from the maximum ad-
sorption amount of nitrogen at P/P0 = 0.99.

2.3.6. Pyridine infrared (IR)
Adsorbed pyridine IR spectra were recorded on a BIO-

RAD FTS-60 Spectrometer. Samples of 10 mg were grounded,
pressed to form 1-cm-diameter wafers, and installed on sup-
ports. The sample cell was heated to 573 K under vacuum
(1.33 × 10−3 Pa) overnight and then cooled to room temper-
ature. Pyridine was then introduced into the cell, and the ad-
sorption was performed. The excess and physically adsorbed
pyridine was evacuated under vacuum at room temperature
overnight. IR spectra in the range of 1000–4000 cm−1 were
recorded.

2.4. Catalyst activity evaluation

The evaluation of catalyst activity was carried out in a 1-L
stirred autoclave (Autoclave Engineers Eze-Seal stirred reac-
tor) with LCO. The properties of LCO are given in Table 2. In
the evaluation, 20 g of catalyst were loaded into the catalyst
basket in the reactor, and the reactor was repeatedly vacuumed
and refilled with hydrogen to replace the air in the autoclave.
Table 2
Properties of LCO feed

Density (g/mL) (298 K) 0.9591
Nitrogen (ppm) 495.6
Sulfur (wt%) 1.3
Saturates (wt%) 12.4
Monoaromatics (wt%) 19.0
Diaromatics (wt%) 47.0
Polyaromatics (wt%) 21.6
Distillation (K)

0.5 wt%/10 wt% 406/487
20 wt%/30 wt% 508/527
40 wt%/50 wt% 540/555
60 wt%/70 wt% 574/591
80 wt%/90 wt% 611/635
95 wt% 650

Then 5 mL of sulfiding agent, dimethyl disulfide (DMDS), were
sucked into the reactor. (Theoretical calculation and experimen-
tal results on DMDS decomposition have demonstrated that
5 mL of DMDS is sufficient to sulfide 20 g of catalyst.) Before
heating, the reactor was pressurized to 3.4 MPa. The catalyst
was sulfided in situ at 593 K for 2 h and at 633 K for another 2 h.
After the sulfidation, 200 g of LCO was charged into the batch
autoclave reactor through a feed-charging tank mounted on the
top of the reactor. The reactor was pressurized to 4.8 MPa, and
the temperature was increased to 648 K at a rate of 3 K/min
under the 1000-rpm stirring. When the temperature reached
the set value, the hydrogen pressure was adjusted to 8.8 MPa.
When the pressure drop rate was <10 kPa/min, the pressure
was once again raised to 8.8 MPa. The evaluation was com-
pleted when the pressure became nearly constant. The liquid
product was collected and analyzed. The nitrogen, sulfur, and
aromatics were analyzed according to ASTM D4629, ASTM
D4294, and ASTM D6591, respectively. The boiling ranges of
LCO and liquid products were measured with simulated dis-
tillation (SimDis) by gas chromatography. The conversion was
based on the initial boiling point of the feed (406 K) and liquid
yield. The conversion was calculated from the following equa-
tion:

x = x1 + 100% × (200 − x2)/200,

where x is conversion, x1 is the weight percentage of the frac-
tions below 406 K in the all-liquid product, and x2 is the weight
(in g) of liquid product collected from reactor. The HDS, hydro-
denitrogenation (HDN), and HDA activities are defined as the
percent removal (conversion) of sulfur, nitrogen, and aromatics,
respectively.

3. Results and discussion

3.1. Textural and acidity properties

Textural properties of the four catalysts are listed in Ta-
ble 3. As expected, the surface areas of WNi/Y and WNi/Beta+
Y increased and the pore volumes decreased when zeolites
were introduced to the catalyst support. However, the addi-
tion of 15 wt% of zeolite beta did not increase the surface
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Table 3
Textual and acidity properties of the catalysts

WNi/Al2O3 WNi/Beta+Y WNi/Y WNi/Beta

Pore volume (mL/g) 0.56 0.38 0.37 0.42
Surface area (m2/g) 165 222 221 165
Average pore size (nm) 13.6 6.8 6.7 10.2
Total acidity (mmol/gcat) 0.340 0.546 0.506 0.480
Acidity distribution (mmol/g)

Weak 0.181 (53.2)a 0.246 (45.1) 0.302 (59.7) 0.216 (45.1)
Medium 0.08 (23.6) 0.130 (23.8) 0.124 (24.5) 0.113 (23.5)
Strong 0.08 (23.2) 0.170 (31.1) 0.08 (15.8) 0.151 (31.5)

Average length of slabsb (nm) 8.7 26.3 17.7 16.1
Average number of layersb 2.0 3.7 4.4 3.7

a The value in the parentheses is the percentage of various strength of acid.
b Obtained from TEM.
Fig. 1. Isotherms of WNi/Al2O3, WNi/Beta, WNi/Y, and WNi/Beta + Y.

area of WNi/Beta compared with that of the reference catalyst
WNi/Al2O3. This can also be seen from the isotherm profiles
in Fig. 1. In comparison with WNi/Y, the extent of decrease
in the pore volume and average pore size of WNi/Beta was
much lower, even though similar isotherm profiles of the three
zeolite-containing catalysts were obtained (Fig. 1). The larger
pore size makes WNi/Beta more favourable for the diffusion
of reactants and products compared with WNi/Beta + Y and
WNi/Y.

The acidities and their distribution of the four catalysts are
listed in Table 3. To compare the acidity distribution among
the catalysts, the weak, medium, and strong acidities were as-
signed to the peak areas of NH3-TPD curves below 623 K,
at 623–773 K, and above 773 K, respectively. Comparing the
acidity of WNi/Al2O3, the addition of zeolite beta and Y en-
hanced the overall acidity. The increase in acidity for zeolite
Y was higher than that for the zeolite beta. The incorporation
of the zeolite Y led mainly to an increase in weak acidity,
whereas incorporation of the zeolite beta caused an increase
in strong acidity. Compared with WNi/Beta and WNi/Y, even
though the zeolite content doubled, the total acidity and the
proportion of the strong acidity of WNi/Beta + Y increased
only slightly, suggesting that almost half of the acidic sites
Fig. 2. XRD profiles of WNi/Al2O3, WNi/Beta, WNi/Y, and WNi/Beta + Y.

were occupied by hydrogenated metals or aluminum species.
Apparently, the modified zeolite Y caused mainly an increase
in total acidity, and the zeolite beta enhanced the strong acid-
ity.

3.2. XRD

The XRD profiles of the oxidic samples are shown in Fig. 2.
No detectable XRD crystallines of WO3, NiO, Al(WO4)3, or
NiAl2O4 were present in the oxide catalysts. This means that
the tungsten and nickel oxidic species were either completely
amorphous or composed of crystallites smaller than 4 nm.
The WO3 and NiO were considered evenly distributed on the
surface of the support. The characteristic diffraction peaks of
γ -Al2O3 appeared in all samples. The characteristic diffrac-
tion peaks for zeolite Y (2θ 12◦, 16◦, 19◦, 20◦, and 24◦) were
detected for two of the zeolite Y-containing catalysts, and the
characteristic diffraction peaks for zeolite beta (2θ 22.4◦ and
6◦) were detected for two of the zeolite beta-containing cata-
lysts. The crystallinity of all zeolites was greatly reduced, espe-
cially that of WNi/Beta. WO3 loading is known to decrease the
crystallinity of zeolite [24] and may be the cause of the reduced
crystallinity observed here.
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Fig. 3. XPS W 4f spectra of oxidic (A) and sulfided (B) W–Ni catalysts:
(a) WNi/Al2O3, (b) WNi/Beta + Y, (c) WNi/Beta, and (d) WNi/Y.

3.3. XPS

3.3.1. Surface species of oxidic and sulfided catalysts
Figs. 3 and 4 show XPS spectra of the four oxidic and sul-

fided W–Ni catalysts. Table 4 summarizes the binding energies
(BEs) of W, Ni, and S for oxidic and sulfided samples. The
spectra of the oxidic catalysts show a doublet peak of W 4f5/2
and W 4f7/2 electrons at BE positions of 37.8–37.9 and 35.7–
35.8 eV, respectively. These peaks are assigned to W6+ species,
most likely W6+O3 [25,26]. WNi/Al2O3 exhibits higher BEs
of W 4f and Ni 2p core levels compared with those for zeolite-
containing samples, suggesting that adding the zeolites weak-
ened the interaction of tungsten with the support and/or the Ni
atoms. The effect of high-silica/alumina ratio zeolite beta on
the electronic state of tungsten atoms was more pronounced
than that of zeolite Y. The two main peaks in the Ni 2p X-ray
photoelectron spectra of the oxidic samples were assigned to
the spin-splitting Ni 2p3/2 (BE 856.4 eV) and Ni 2p1/2 (BE
873.8 eV), and the two broad peaks were assigned to the en-
velopes of the corresponding shakeup satellite (SS) lines [11].

After sulfidation, a second doublet peak appeared at 34.4 and
32.5 eV (Figs. 3B and 4B), which is typical for tungsten with
a formal charge state of +4 as in the WS2 phase [12]. The Ni
2p3 XPS spectra of the sulfided catalysts present a relatively in-
tense peak at about 854 eV, and a second broad band overlapped
Fig. 4. XPS Ni 2p spectra of oxidic (A) and sulfided (B) WNi catalysts:
(a) WNi/Al2O3, (b) WNi/Beta + Y, (c) WNi/Beta, and (d) WNi/Y.

Table 4
Binding energies of core levels of the components for oxidic and sulfided forms
of W–Ni catalysts

Sample WNi/Al2O3 WNi/Beta + Y WNi/Y WNi/Beta

Oxidic
W 4f7 35.81 35.67 35.72 35.68
W 4f5 37.89 37.80 37.86 37.82
Ni 2p3 856.67 856.33 856.36 856.45
Ni 2p1 874.27 874.08 874.00 874.34
Ni 2p3 SS 862.66 862.86 862.79 862.69
Ni 2p1 SS 880.75 880.83 880.58 880.98

Sulfided
W 4f7 32.51 32.66 32.48 32.27
W 4f5 34.70 34.83 34.66 34.45
Ni 2p3 853.79 854.17 853.90 853.47
Ni 2p1 871.04 871.42 871.15 870.66
Ni 2p3 oxy-S 856.25 855.89 855.89 855.68
Ni 2p3 SSa 862.44 862.71 862.41 862.37
Ni 2p1 SSa 878.26 876.42 877.46 877.80
S 2p 162.04 162.2 161.98 161.81

a SS: shakeup satellites.

partially with the first one, with a BE of about 856 eV. The in-
tense peak of Ni 2p1 appeared at about 871 eV. The shape of the
Ni 2p envelope with a satellite peak at 862 eV clearly showed
the presence of nonsulfided Ni2+ species in all catalysts after
sulfidation. The Ni 2p3 peak at 856 eV was also due to the pres-



440 L. Ding et al. / Journal of Catalysis 241 (2006) 435–445
ence of the nonsulfided Ni2+ species [27–29]. The second Ni
2p3/2 peak at 853.1–853.7 eV, together with the presence of the
S 2p3/2 peak at 162 eV, was associated with nickel sulfides [28,
30].

The S 2p spectra of all the sulfided catalysts exhibited one
peak at the BE value of 162.0 ± 0.2, which can be assigned
to S2− [24,30]. No other signal was identified around a BE of
169 eV, indicating that no sulfate species existed, and thus no
oxidation of the catalysts occurred during the transfer of the
solid from the sulfiding reactor to the XPS chamber [31].

3.3.2. The sulfiding degree of W and Ni
Studies revealed that only W(Mo) and Ni(Co) in the hydro-

genation catalyst can be sulfided; no sulfidation occurred to
the supports [32]. Therefore, the sulfidation degree of the hy-
drogenation catalyst can be estimated by the atomic ratios of
S/W+Ni. If the W–Ni catalyst with a W/Ni atomic ratio of 1.29
is fully sulfided, and the fully sulfided W and Ni species are
taken as WS2 and Ni3S2 [33–35], then the S/(W + Ni) atomic
ratio should be 1.42. Due to the incomplete sulfidation of W
and Ni species and the same BE of different sulfur ligands in
XPS [32], no significant values could be calculated from the
S/W + Ni ratio, which makes an accurate relative qualification
impossible. Only a rough evaluation of the overall sulfidation
degree can be made using the S/W + Ni obtained from XPS
intensity ratios. The values are summarized in Table 5.

In addition, preliminary evaluation of the Ni 2p3/2 emission
line of the sulfided catalysts indicated that two contributions, an
oxidic one and a sulfidic one, could be identified. Therefore, the
sulfidation extent of Ni can be determined by the relative inte-
grated area ratio of the peaks corresponding to the sulfided Ni
and oxided Ni. However, the results do not allow a direct quanti-
tative interpretation in terms of the various Ni species [36]. The
data in Table 5 reflect changes only in the relative peak areas
in the main Ni 2p3/2 emission line and should be considered

Table 5
XPS intensity ratios for oxidic and sulfided forms of W–Ni catalysts

Sample WNi/Al2O3 WNi/Beta + Y WNi/Y WNi/Beta

Bulk W/Ni molar ratio 1.29 1.29 1.29 1.29
Bulk W/Si + Al, ×100 15.1 11.8 13.3 13.2
Bulk Ni/Si + Al, ×100 11.7 9.2 10.3 10.2
Oxidic ×100

IW/IAl+Si 6.35 (58)a 7.80 (34) 8.47 (36) 7.67 (41)
INi/IAl+Si 6.28 (15) 6.05 (34) 5.72 (44) 6.10 (40)
IW/INi 1.01 1.29 1.48 1.26

Sulfided ×100
IW/IAl+Si 4.15 (35)b 5.78 (26) 6.52 (23) 5.50 (28)
INi/IAl+Si 3.55 (43) 4.72 (22) 4.39 (23) 4.40 (28)
IW/INi 1.17 1.22 1.49 1.25
S/W + Ni 1.58 1.49 1.53 1.47

Degree of sulfiding
WS2 91.3 87.8 92.0 84.4
NiS 77.1 93.5 90.4 87.3

a The values in the parentheses in the oxidic section are the percentage of the
W or Ni reduction from bulk W or Ni/Si + Al ratio to oxidic state.

b The values in the parenthesis are the percentage of the W or Ni reduction
from oxide state to sulfided state.
only a semiquantitative trend for the transformation in the Ni
speciation on sulfiding. The extent of sulfidation of W species
was calculated based on the atomic concentration ratios of the
corresponding sulfide species over the total oxide and sulfide
species. These data are also reported in Table 5.

The S/W + Ni ratios for all catalysts are >1.42, suggesting
that very small tungsten and/or nickel sulfide clusters contained
more than the stoichiometric amount of sulfur [37]. The more
than stoichiometric amount of sulfur can be attributed to the
formation of element sulfur during sulfidation [33,38]. From
the XPS spectra shown in Fig. 3B, it can be noted that the base
line at ca. 38 eV was not zero. A broad band assigned to re-
maining oxidic species of W indicates that the W species were
not completely sulfided. In all catalysts, W and Ni had a very
high degree of sulfidation. The sulfided W species ranged from
84.4 to 92.0%, and the sulfided Ni species ranged from 77.1 to
93.5%. The sulfidation degree of Ni in WNi/Al2O3 was much
lower than that of the other three zeolite-containing catalysts,
demonstrating that more nickel species interacted strongly with
the support and could not be sulfided. Among the zeolite-
containing catalysts, the sulfidation degree decreased in the
following order: WNi/Y > WNi/Beta+Y > WNi/Beta. No ob-
vious relationship could be established between S/W + Ni and
the sulfidation degree of both W and Ni, but the changing trend
of S/W + Ni and W sulfidation degree was similar.

3.3.3. Surface atomic ratios
Compared with WNi/Al2O3, the zeolite-containing catalysts

have different textural properties and contain specific amounts
of surface Si species. The various pore systems and existence of
Si species cause the variations in the distribution of Mo and Ni
species. Ni ions can readily enter into zeolite channels and tend
to be evenly distributed across the support, whereas Mo species
are preferentially distributed on the surface of Al2O3 [10,39].
When calcinated and sulfided, the redistribution of Ni and Mo
species also occurs in a different way on WNi/Al2O3 from on
the zeolite-containing catalysts, due to their different porous
systems and surface species. The surface atomic ratios by XPS
can well reflect the differences in Mo and Ni distributions, es-
pecially the distribution changes with the calcination and the
sulfidation. To obtain information on the dispersion of surface
species, the surface atomic ratios of Ni/Si + Al and W/Si + Al
derived from XPS for each catalyst are given in Table 5. The
bulk W/Ni, W/Si+Al, and Ni/Si+Al atomic ratios were calcu-
lated based on the W, Ni, alumina, and crystalline aluminosilica
zeolite added during the catalyst preparation. The W/Si + Al
and Ni/Si + Al ratios of all oxidic catalysts were much lower
than the bulk ratios (11.8–15.1 for W/Si + Al and 9.2–11.7 for
Ni/Si + Al), suggesting that a considerable amount of W and
Ni migrated into the bulk and most likely into the pores or cav-
ities of support after calcination. More W and less Ni migrated
into support for WNi/Al2O3 than for the other three zeolite-
containing catalysts. More W and slightly less Ni were reduced
on the surface for WNi/Beta than for WNi/Y. In WNi/Beta + Y
and WNi/Beta, the reduction of W and Ni on the surface was
nearly identical.
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(a) (b)

(c) (d)

Fig. 5. TEM images of (a) WNi/Al2O3, (b) WNi/Beta + Y, (c) WNi/Y, and (d) WNi/Beta (the scale bar in each picture is 20 nm).
After sulfidation, the amount of the surface W and Ni de-
creased further. The reduction of W and Ni for WNi/Al2O3 was
still much greater than that for the other three zeolite-containing
catalysts. The surface W and Ni decreased in almost the same
proportion for the three zeolite-containing catalysts.

3.4. TEM

The representative TEM images of the four sulfided cata-
lysts are shown in Fig. 5. The TEM images reveal the presence
of typical structures of the layered WS2 phase (confirmed by
EDX). No large aggregates of WS2 were observed. In the sul-
fided state, the WS2 slabs were formed on the surface of all
catalysts and exhibited thread-like layers. In analyzing WS2
slabs, the following were assumed: (1) WS2 slabs were oriented
parallel to the support (basal up), (2) the thickness of the slabs
was similar to and less than 4 nm, and (3) WS2 slabs are ran-
domly arranged on the support in term of the direction of the
electron beam of XPS. The average number of layers per slab
and average slab length were calculated from the measurement
of about 300 crystallites with the following equations:

average slab length L =
(

n∑
i=1

nili

)/ n∑
i=1

ni

and

average number of layers N =
(

n∑
niNi

)/ n∑
ni,
i=1 i=1
where li is the length of the slab particle, ni the number of the
particles with the li length or Ni layers, and Ni the number
of layers in the particle i. The average slab length was deter-
mined by manually measuring the WS2 slabs with the software
along with the TEM on 7–9 TEM images taken at different ar-
eas of the sample. The statistical results of the average length
and number of layers of the WS2 slabs are given in Table 3. The
slab length (Fig. 6a) and layer number (Fig. 6b) distributions are
illustrated in Fig. 6. For the WNi/Al2O3 catalyst (Fig. 5a), the
average particle length is equal to 8.7 nm and the average layer
number is equal to 2.0, which are close to the values of 7.3 nm
and 2.4 reported in the literature [40]. When the 15 wt% ze-
olites (beta or Y) were added into the catalyst (WNi/Beta and
WNi/Y), the average length of the WS2 slabs increased to 16.1–
17.7 nm, and the average layer number increased to 3.7–4.4
(Fig. 5d and 5c). When the zeolite content increased further
30 wt% (WNi/Beta + Y), the average slab length also further
increased to 26.3 nm, whereas the average layer number nearly
unchanged (3.7) (Fig. 5b). Meanwhile, with increased zeolite
content, along with the increasing average length of WS2 slabs
and average layer numbers, the morphology of the WS2 struc-
tures on WNi/Y, especially on WNi/Beta + Y (Fig. 5b) became
more curved and tended to be superimposed. The curved struc-
ture can result in a large static disorder of the W–W distances.
Such curved sites in the WS2 crystallites probably cause more
vacant sulfur sites, and more catalytically active sites may be
formed. As shown in Fig. 7, there existed a good linear rela-
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Fig. 6. Crystal size distribution of WS2 for sulfided catalysts: slab length (A),
number of layers (B).

Fig. 7. The relationship between WS2 slab size and the content of Al2O3 in
catalyst.

Table 6
Evaluation in 1 L autoclave with LCO

Catalyst WNi/Al2O3 WNi/Beta + Y WNi/Y WNi/Beta

Density (g/mL) (288 K) 0.9264 0.9009 0.9136 0.9171
Nitrogen (ppm) 97.88 1.42 1.84 6.14
Sulfur (ppm) 507 165 355 232
>685 K fraction (wt%) 0.9 2.1 2.5 1.5
Liquid yield (wt%) 92.3 90.3 88.5 91.5
Conversion from
distillation curve

0.85% 3.70% 0.80% 1.55%

Conversion (wt%) 8.55 12.40 12.30 10.05
Cetane indexa 26.8 27.7 26.9 27.4

a Calculated based on ASTM D976.

Fig. 8. Relative HDS, HDN, and HDA activities, and <406 K conversion on
WNi/Al2O3, WNi/Beta, WNi/Y, and WNi/Beta + Y.

tionship between the average length of the WS2 slab and the
Al2O3 content in the catalysts, suggesting that the size of WS2
is mostly related to the distribution of WS2 on the surface of
Al2O3, irrespective of the type of zeolites. This was also con-
firmed by EDX analysis, demonstrating that WS2 was distrib-
uted mainly on the Al2O3 part of the zeolite-containing sup-
port. Compared with WNi/Al2O3, the distribution of the slab
length and the layer number for the zeolite-containing catalysts
were much broader (Fig. 6), probably due to the coexistence of
Al2O3 and zeolite. On Al2O3, shorter slabs and fewer layers of
WS2 were formed. In contrast, longer slabs with more layers on
the zeolite surface were distributed on the catalyst surface.

3.5. Activity evaluation

The LCO hydrotreating results are summarized in Table 6
and Figs. 8–10. The LCO used in this experiment, characterized
by high density, high aromatic content, and high sulfur content,
is a typical inferior feedstock for hydrotreatment. Compared
with WNi/Al2O3, the zeolite containing catalysts exhibit much
higher HDN, HDS, and HDA activities (Fig. 8). The HDS,
HDN, and HDA activities increased by 1.17–2.63 wt%, 18.51–
19.45 wt%, and 3.3–6.9 wt%, respectively. About 99 wt% of
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Fig. 9. The saturates and aromatics distribution in feed and hydrotreated products on WNi/Al2O3, WNi/Beta, WNi/Y, and WNi/Beta + Y.
Fig. 10. The relationship between pressure drop and product density.

nitrogen and 98 wt% of sulfur could be removed from the LCO
on the zeolite-containing catalysts under the present reaction
conditions. HDN activity among the three zeolite-containing
catalysts was identical. The HDS activity of WNi/Beta + Y and
WNi/Beta was higher than that of WNi/Y.

The increase in cetane index for the all catalysts was in the
range of 4.3–5.2. The addition of the modified zeolites did not
result in a considerably improved cetane index compared with
WNi/Al2O3. As shown in Fig. 9, after hydrogenation, about 50–
60% of polyaromatics and 55–60% of diaromatics were con-
verted into monoaromatics on all the catalysts. Owing to high
acidity, 3.3–6.9% more saturate hydrocarbons were produced
on the zeolite-containing catalysts than that on WNi/Al2O3.
Polyaromatics hydrogenation proceeds via successive steps,
each of which is a reversible reaction [41]. Based on ther-
modynamics, the hydrogenation reactivity of aromatics de-
creases in the following order: polyaromatics > biaromatics >

monoaromatics [41]. The hydrogenation of the monoaromat-
ics is difficult and attained only when the temperature is higher
than approximately 673 K [42]. The saturation of aromatics in-
creases in the following order: WNi/Beta + Y > WNi/Beta >

WNi/Y > WNi/Al2O3. After hydrotreating, only 7.1–14.0 wt%
of aromatics was converted into saturates, resulting in only a
small increase in cetane index. To further increase cetane in-
dex, some of the saturated aromatics structures must be opened
to form paraffins and isoparaffins.

The main purpose of diesel hydroupgrading is to remove the
impurities and partial hydrogenation of aromatics. Therefore,
diesel fraction conversion obtained on MoNi(MoCo)/Al2O3 or
WNi/Al2O3 from hydrotreating diesel fractions in most refiner-
ies is very lower. In our case, the conversion on WNi/Al2O3
reaches to 8.55 wt%. Such a high conversion can be attributed
to the more secondary cracking of the hydrogenated products in
a batch autoclave reactor than in a flow reactor, due to a longer
period of contact with the catalyst. Compared with WNi/Al2O3,
the conversions of the zeolite-containing catalysts are much
higher. Most refineries intend to obtain as high diesel yield as
possible. Thus, the high conversion usually is not acceptable
by refineries, though very low sulfur, nitrogen, and aromatics
can be achieved. Among the three zeolite-containing catalysts,
WNi/Beta has the lowest conversion (10.05 wt%) and is most
likely improved to approach the conversion of WNi/Al2O3 via
further proper modification of the zeolite beta.

The correlation of the <406 K conversion and the acidity
showed that higher acidity led to higher conversion. The con-
version followed the same order of the acidity: WNi/Beta +
Y > WNi/Y > WNi/Beta > WNi/Al2O3. From the distillation
curve, it can be seen that there are about 0.8–2.5 wt% (Ta-
ble 6) of fractions with boiling ranges higher than the end
boiling point of the feed, which means that some larger mole-
cules are formed after the hydrotreating reaction. Heavy mole-
cules may form due to pressure swings or thermal soaking, or
via disproportionation reactions or fusion of aromatics. Gen-
erally, the disproportionation reaction or fusion of aromatics
occurs readily on acidity sites. Thus the quantities of the frac-
tions higher than the end boiling point of the feed for the four
catalysts are in the same order as the acidity of the catalysts:
WNi/Beta + Y ∼ WNi/Y > WNi/Beta > WNi/Al2O3. There-
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fore, higher acidity not only increases the conversion, but also
causes some fractions with boiling points higher than the boil-
ing point of the feed. Decreasing the acid site density in zeolites
can efficiently suppress the coke formation reaction [43].

During the activity evaluation in the autoclave reactor,
a sharp pressure drop was observed at around 463 K, indicating
that a large amount of hydrogen was consumed and the hydro-
genation reaction began at around this temperature. The overall
pressure change (drop) can be taken as an indication of the ex-
tent of overall reaction involved, which can be reflected by the
density of products. Fig. 10 illustrates the relationship between
the pressure drop and the product density. A good linear rela-
tionship shows that the extent of all reactions in the autoclave
reactor can be predicted by the pressure drop.

The higher HDN, HDS, and HDA activities of the three
zeolite-containing catalysts were associated primarily with the
enhanced hydrogenation activity and increased acidity. The
XPS results reveal no correlation between the sulfidation degree
of W and Ni and reaction activities; therefore, the large differ-
ence in hydrogenation activity could not result from the varia-
tion in the extent of sulfidation. Although a dominant amount of
W and Ni species was located in the interior surface of all cat-
alysts after calcination and sulfidation, the pore sizes of these
catalysts were sufficiently large so as to be accessible by the
reactant molecules of LCO. Thus, the different distributions
of sulfided W and Ni outside and inside the pores seemingly
could not lead to the large difference between WNi/Al2O3 and
zeolite-containing catalysts either. The enhanced hydrogenation
activity was likely associated with the size of hydrogenation ac-
tive sites, WS2. The single-slab structure [called type-I Co(Ni)–
Mo(W)–S] interacted strongly with the support, whereas the
multiple-slab form [called type-II Co(Ni)–Mo(W)–S] had weak
interaction with the support and exhibited greater hydrogena-
tion activity [44,45]. Multilayered WS2 slabs provided a higher
density of multivacancies compared with single-layered or thin
slabs. This could facilitate π -complexation of the aromatic ring
on multilayered WS2 slabs relative to single-layered or thin
slabs. Consequently, the hydrogenation activity of the cata-
lyst was greatly improved. Vradman et al. also concluded that
the higher stacking number of WS2 slabs favoured an increase
in HYD activity [40]. After the addition of zeolites, the WS2
crystallite sizes on the catalysts increased significantly, pro-
ducing the substantially enhanced hydrogenation performance
of the catalysts. The acidity was likely another important fac-
tor boosting the activities of zeolite-containing catalysts. The
addition of zeolites led to a 0.140–0.206 mmol/g increase in
acidity. The high acidity of the zeolite-containing catalysts not
only enhances HDS via hydroisomerization, but also facili-
tates the ring opening of saturated aromatics, facilitating further
hydrogenation of the aromatics. It is noted that although the
sizes of the surface WS2 slabs were similar for WNi/Beta and
WNi/Y, and WNi/Y had higher acidity than WNi/Beta (0.506
vs. 0.408 mmol/g), WNi/Beta had greater HDS and HDA ac-
tivities. Therefore, the acidic strength seemingly played a more
important role than the total acidity in controlling HDS and
HDA activities. Due to the greater number of strong acidic sites
on WNi/Beta compared with WNi/Y (0.151 vs. 0.08 mmol/g),
higher HDS and HDA activities were achieved by WNi/Beta.
After the zeolite beta and/or zeolite Y were added to the cat-
alysts, HDN and HDA activities increased much more signif-
icantly than HDS activity. Based on the mechanisms of HDN
and HDA, the incorporation of zeolites is known to enhance the
hydrogenation performance of the catalysts more pronouncedly
than the increase in acidity.

To gain new and deep insight into W(Mo)–Ni(Co) hy-
drotreating catalysts, one must study the changes of reactivity,
structures, and physicochemical properties of the catalysts with
time. Through the evolution of the specific species and sites
with time, more detailed information can be obtained about the
catalysts and reactions involved.

4. Conclusions

The addition of modified zeolite beta and zeolite Y enhanced
the overall acidity of the W–Ni catalysts. The acidity of the
modified zeolite Y-containing catalyst was higher than that of
the zeolite beta-containing catalyst. The incorporation of zeolite
Y led mainly to an increase in weak acidity, whereas incorpo-
ration of zeolite beta caused an increase in strong acidity.

Very small tungsten and/or nickel sulfide clusters con-
tained more than a stoichiometric amount of sulfur. W and
Ni exhibited a very high degree of sulfidation in all cata-
lysts. Nickel species in WNi/Al2O3 interacted with the support
more strongly than they did in the zeolite-containing catalysts.
Among the zeolite-containing catalysts, the sulfidation degree
decreased in the order WNi/Y > WNi/Beta + Y > WNi/Beta.
A considerable amount of W and Ni migrated into the bulk af-
ter calcination. The W and Ni further migrated into the support
after sulfidation.

For all catalysts, WS2 presented in a typical layered struc-
ture on the support. With increased zeolite content, the WS2
slabs grew large, and the number of layers increased. The size
of WS2 was related mainly to the distribution of WS2 on the
surface of Al2O3, irrespective of the type of zeolite. Compared
with WNi/Al2O3, the distribution of the slab length and the
number of layers for the zeolite-containing catalysts were much
broader.

Compared with WNi/Al2O3, the zeolite-containing catalysts
exhibited much higher HDN, HDS, and HDA activities. HDN
activity among the three zeolite-containing catalysts was simi-
lar. HDS activity of WNi/Beta + Y and WNi/Beta was higher
than that of WNi/Y. The higher HDN, HDS, and HDA activities
of the three zeolite-containing catalysts are associated mainly
with enhanced hydrogenation activity and increased acidity.
The addition of zeolites to the catalysts enhanced hydrogena-
tion more significantly than it increased acidity.

After hydrogenation, most aromatics were converted to
monoaromatics. The saturation of aromatics increased in the
order WNi/Beta + Y > WNi/Beta > WNi/Y > WNi/Al2O3.

The higher acidity led to higher conversions. The conver-
sions of the zeolite-containing catalysts were much higher than
the conversion of WNi/Al2O3. Some molecules larger than
those in the feed were formed after the hydrotreating reaction.
The quantities of these large molecules were also in the same
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order as the acidity of the catalysts. Adding the modified zeo-
lites did not significantly improve the cetane index.
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